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Abstract The diffusion distillation is the evaporation and diffusion process below the boiling temperature of the mix- 
ture in a gap filled with the inert gas. It can separate the azeotropic mixture of ethanol and water. The mass transfer in a 
differential single column can be described by the Maxwell-Stefan equations. Differential mass balances which can ex- 
tend a column model from a differential single column to an integral column and heat balances were suggested. The new 
model considers the sensible heat transfers and develops algorithm which enables to calculate interfacial temperature more 
precisely at condensing liquid film and include one more iterative loop. The results are compared with the experimental 
data and other models. 
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INTRODUCTION 

The azeotropic composition of ethanol/water mixture at at- 

mospheric pressure is 0.8934 ethanol mole fraction and is the 

separation limit in normal distillation. Many processes have 
been proposed to separate the azeotropic mixture such as azeo- 

tropic or extractive distillation, but the third component added 
should be separated again. The mechanisms of diffusion dis- 

tillation are as follows [Fullarton and Schliinder, 19~3]. 

The liquid mixture introduced at the top of the column flows 
down and evaporates at the surface of one plate such as in Fig. 

1. The evaporated gas mixture diffuses through an inert gas lay- 

er and then condenses at the other plate. The iner: gas is used 
as barrier. Because of the molecular size difference, one com- 

ponent passes preferentially than the other compoaent through 

stagnant inert gas layer. The temperature of evaporation, the 

gap width of two plates, and the sort of inert gas :influence the 

degree of separation. 
Because of the presence of inert gas, this process is neces- 

sarily multicomponent mass transfer system and can be de- 

scribed by the Maxwell-Stefan equations. 

The solutions of Maxwell-Stefan equations for a film model 
can be classified into three groups. The approximate solutions 

using lineafization were obtained by Toor [1964] and Stewart 

and Prober [1964]. Their solutions rely on the assumption of 

constancy of the Fick matrix over the: diffusion palh, and those 

solutions are not exact when molar concentration is high. 
Taylor and Smith [1982] reported explicit solutions. These 

solutions have a merit of rapidity in calculations, but the results 

deviate at high molar flux. 
The exact solutions with a general matrix method at steady 

state for isothermal-isobaric diffusion in multicomponent ideal 

gas mixtures were developed by Krishna and Standart [1976]. 
Carry and Schrodt [1975] compared the exact solutions with 

tTo whom all correspondences should be addressed. 

the results of the approximate solutions and demonstrated the 
superiority of the exact solutions. Sandall and Dribika [1979] 

analyzed the experimental results in distillation with the Krish- 

na-Standart method and reported excellent agreements of the 

results. To improve the robustness of calculation of the mass 
transfer rate, Taylor and Webb [1981] compared various com- 

putational procedures and suggested a new algorithm. Webb 
and Sardesai [1981] performed experiments for the conden- 

sation in vertical tube and discussed the applicability of the sev- 

eral models of multicomponent mass transfer. 
On the other hand, other groups performed experiments to 

separate the azeotropic mixtures in wetted wall column filled 

with inert gases and described the mass transfer with Maxwell- 

Stefan equations. Fullarton and Schltinder [1983] concentrated 
2-propanol beyond the azeotropic composition of 2-propanol/ 

water mixture and named the process as diffusion distillation. 

McDowell  and Davis [1988] described the process behavior of 
the diffusion distillation with an integral column model and 

simulated the experimental data of Fullarton and Schlfinder. 

In this paper, the results of computer simulation by modified 
model are compared with that of other models and with the 
own experimental data. 

DESCRIPTION OF DIFFUSION DISTILLATION 
SYSTEM 

Fig. 1 shows a simplified schematic diagram of diffusion dis- 
tillation. Two concentric tubes consist of wetted-wall column. 

The feed enters at the top of the column and the condensate 

and residue are drawn off at the bottom of the column. Ethanol 

and water mixture flows down the column and some amounts 

of the mixture are evaporated at the inside surface of the outer 
tube. Because of different diffusivities in inert gas, water vapor 
reaches condensation side faster. The mixture of the residue 

leaving the column can be concentrated beyond the azeotropic 

composition. Heat loss due to evaporation is supplemented by 
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Fig. 1. Schematic diagram of diffusion distillation. 

heating of outer wall. 
The experiments are carried out with binary ethanol/water 

mixture at several evaporation side temperatures with different 
inert gas and armular width. The details of apparatus and ex- 
perimental conditions are given by Chung et al. [1994]. 

MODELING OF DIFFUSION DISTILLATION 

1. Molecular  Diffusion in a Mult i component  System 
For ideal mixtures and steady state, and for the unidirection- 

al diffusion under isobaric, isothermal condition, the Maxwell- 
Stefan equations can be written as follows [Cussler, 1976]; 

d y ~ = ~  LNk-ykNi _ ~  yiJk--ykJ~ i=1,2, "" n. (1) 
dr/ k:l c13'/k/(5 k:l cD~/~ "' 

k~i k~i 

The boundary conditions for this equation using film model are 

q = 0 Yi := Yi~ (2) 

r I = 1 L :: Yi ~ (3) 

where 6 is the film thickness and the dimensionless distance 
from the bulk gas, rl, is defined as r I = z/& 

The diffusion flux at bulk gas is given by 

0o)= [B]-I [t~] {exp[~] - [I]} -I (Yb--Y6) (4) 

where [I] is the identity matrix. 
The matrix [B] is a reciprocal of binary mass transfer coef- 

ficients and has elements 

B~= L + ~  -y&, i = l , 2 , ' " , n  
k~ t:t k~ t 

I 1 1 I i , j = l , ' " , n  (5) Bit  - - ' -Yi  k i t  k~ ' 
i~j 

where k,~ = cDJ& 
The matrix [(I~] of dimensionless rate factors for mul- 

ticomponent system is presented as 

N, ~ Nj 
~, : ~--  +~, ~ ,  i=1 ,2 , ' "  ' ,n 

I 1 1 I ' i , j = l , . . . , n  (6) 

The value of molar flux N, in stagnant inert gas can be cal- 
culated from the molar diffusion flux J, and bootstrap matrix 
[~]; 

(N) = [~i] (J) (7) 

where the elements of matrix [8] are given by 

/~ =,~ + y~-, i,k=l, 2,...,n (8) 

and 6a is Kronecker delta. 
The calculation algorithm of molar flux in multicomponent 

system using film model has been introduced by Taylor and 
Webb [1981]. The molar fluxes here are calculated by their al- 
gorithm. 

To describe mass transfer in diffusion distillation, Fullarton 
and Schlfinder [1983] used the Maxwell-Stefan equation. The 
compositions of the condensation side can be calculated from 
the mass balances, vapor-liquid equilibrium, molar flux, and 
concentration gradient, if the compositions of evaporation side 
are known. To calculate the concentrations of condensation 
side, the followings are assumed; 

(1) The compositions of the evaporation side do not change 
along the length of the column. 

(2) The annulus is regarded as a plane plate. 
(3) The inert gas in the gap remains stagnant and the forced 

convection does not exist. 
(4) The liquid mass transfer resistance in the falling f'tim is 

negligible. 
(5) The liquid and vapor at the interface have their equi- 

librium compositions. 
The constitutive equations are Maxwell-Stefan equations, and 

the mass transfer coefficients defined here are described by 

k# = cD~t/s (9) 

where s is the gap size between two walls. From assumption 
(1), Fullarton and Schlfinder showed point behavior by solving 
Eq. (1). 

To extend process modeling as an integral column, the dif- 
ferential material balances for the total molar flux must be 
made [McDowell and Davis, 1988]. For the evaporation side liq- 
uid film and condensation side film, the following equations 
can be written 

dL' 
- N, (10) 

dz 

dL" - -  = Nt (11) 
dz 

where L is perimeter flow rate. Superscripts, ' and ", represent 
the evaporation side and the condensation side respectively. 

The component flow and the component molar flux are de- 
fined as 

L '  = x / L '  (12) 

dLi' 
- N, (13) 

dz 
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and Eq. (12) can be derived as below 

dL( , dL' dx /  
- -  = x  t - - -  + L '  - -  ( 1 4 )  

dz dz dz 

From Eq. (13) and (14), the differential change in x, is 

dXl' -1  

dz L' 

and similarly 

d x ( ' _  1 

dz L" 

,,+, 

fi)r x[' the following equation can be c!erived 

{'N t xt" ~ - ~ )  (16) 

To calculate the compositions, flow rate, and temperature at 
each position of the column wall, the following assumptions 
are also made; 

(6) The liquid layer of evaporation side is assumed perfectly 
mixed across the lateral cross section with respect to com- 
position and temperature. 

(7) For the first drop condensed at the top the liquid layer is 
totally unmixed, implying the infinite mass transfer resistance 
in the liquid layer, and the liquid layer at all other points along 
the column is assumed to be well mixed. 

The interface temperature of condensation side is calculated 
from the energy balance. The heat leaving the evaporating in- 
terface equals the heat transferred to the condensing interface. 
If the sensible heat transfer contribution due to mass transfer is 
neglected, the heat transferred to the condensing interface is 
described in terms of its latent component only. 

The temperature change of evaporation side and coolant is 

given by 

L' C# ~-aT' ::U~' - O "  (17) 

i_r dTc =Q,,, UpC ~ -  (18) 

where Q' is the heat input from the outside wall and Q" is tlhe 
heat removed from coolant of inner tube. The perimeter flow 
rates of evaporation side and coolant are denoted by L' and L 

respectively. 
The apparat~as used in the experiment is a differential single 

column with recycle but we analyze its results as a long single 
pass column. If there is a negligible composition change during 
one passage, then the differential column can be regarded as a 
series of single column. In addition, if the condensing side tem- 
perature and composition effect is negligible, then it is the 

same as a long single column. 
The assumptions made in our modified model [Kim, 1994] 

are different from the above model in following terms. 
For the he;it leaving the evaporation side, the: conductive 

heat which carried bodily by the transferring materials are add- 

ed to the latent heat, 

n 

O" = ]~ H,~ N i +h;(T '  - T , " )  (19) 
i = 1  

where H,. is the heat of vaporization of component i, and h( is 
the finite flux heat transfer coefficient, 

h; = h,+ x - ~ 0 ~  (20) 
exp0-1 

and the dimensionless heat transfer rate factor 0 [Ackermann, 
1973; Colbum and Hougen, 1934] is defined as below 

O= NIC/xT1 +N2Ct~;2 (21) 
hv 

The heat input from the outside wall is supplied constantly 
from the outside wall and the temperature of the evaporation 
side is retained relatively constant at feed temperature. The tem- 
perature of the condensation side is obtained from the con- 
tinuity of heat flux at interface, 

b+ (Tt" -Tc)=y_.H,~N i +h((T'  - T / ' ) ,  (22) 

where h,, is the heat transfer coefficient which includes the heat 
transfer resistance of the condensed liquid film, wall and cool- 
ant. The value of %" cannot be solved directly, but calculated 
iteratively in order to satisfy' Eq. (22). 

The flow chart to calculate the interfacial temperature of con- 
densation side is shown in Fig. 2. The differential equations 
are integrated using the 4th order Runge-Kutta method and 
equilibrium data are taken from the refere, nce [Gmehling and 
Onken, 1977]. 
2.  S i m u l a t i o n  C o n d i t i o n  

To interpret the model, Maxwell-Stefan equation is solved 
with exact solution which suggested by Taylor and Webb 
[1981]. To calculate the equilibrium composition of interface, 
the activity coefficient is estimated from Wilson equation. 

The overall heat transfer coefficient, h,, is calculated from the 
heat transfer in the laminar flow [Bird et al., 1960] and the 
zero heat transfer coefficient, h, is from the thermal con- 
ductivity of gas/vapor mixture and annular gap. We assume 
that the heat supplied from the outside wall is constant at all 
position and the temperature of evaporation side changes along 
the length of the column. 

RESULTS AND DISCUSSION 

In order to compare the model performances, we make use 
of the previous experimental data with air as the inert gas 

V - Y - i  
l Initial N, N2 T, ] 

: 'V"( i/ ~i 
i x,,=N,/(N,~ N~) ] 

l 

NewT, 'i Calculate N, N: / 
1 
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.................... ~ . No 
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. . . . . .  [ ",:cs 
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I 

Fig. 2. Flow chart for modified energy balance. 
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[Chung et al., 1994]. Heat supply, evaporation side temperature 
and composition effects are also tested. 

I. Compar i son  ,of Heat  Requirement  

Major difference of the new model from McDowell and 

Davis model [1.988] is explained by Eq. (19). In the new 

model, the heat transfer at the evaporation side consists of two 
parts. One is latent heat and the other is sensible heat transfer 

which allows the consideration of the effect of mass transfer on 

heat transfer. The model of McDowell and Davis is assumed 

that the heat transfer due to sensible heat transfer is insig- 

nificant. Heat input from outside wall should be chosen to 
maintain a relatively constant temperature at each points in a 
column. Then two models need different heat supply to retain 

feed temperature along the column. As shown in Eq. (19), new 

model which includes sensible heat transfer requires more heal 

supply then McDowell and Davis model. 
Fig. 3 shows the value of required heat inputs in case of the 

feed temperature at 30~ for different gap sizes. The ratio of 

sensible heat to latent heat for each gap sizes is about 10% and 

so the sensible heat transfer should be calculated. 
As the total flux increases, the two values in the right hand 

side of the Eq. (22) will increase. However it is notable that 

the first term in that of Eq. (22) could overwhelm the value 

evaluated with the second term. This might be caused by the 

fact that the process both including the phase change and mass 

transfer, the heat required to phase change has dominant effects. 

Though sensible heat transfer is negligible at high temperature, 

it gains in importance as the evaporation temperature decreases. 
The ratio of sensible heat to latent heat for various feed tem- 

peratures are presented in Table 1 for the constant gap size of 
3.65 ram. Accordingly, sensible heat transfer which take ac- 

count of mass transfer must be considered when the flux is 

small. 
The value of heat input which used to the new model is ap- 

plied for the model of McDowell and Davis. The evaporation 
side temperatures along the column which predicted by two 

models are shown in Fig. 4. Feed temperature and gap size., 

used in simulations are 40~ and 6.95 ram. As expected, the 

Table 1. Ratio of  sensible heat transfer to latent heat at dif- 
ferent feed temperatures 

Feed temperatu~ (C) Sensible heat/Latent heat 

30 0.1247 
40 0.0806 
50 0.0451 
67 0.0064 

42.0 

41.5 

= 41.0 

40.5 

�9 ~ 40.0 

o 

> 
,,~ 39.5 

�9 --- With sensible heat transfer 
�9 Without sensible heat transfer 

. �9 - n  - .m �9 

.~m .... B 

39.0 ~- t t t I 
0.0 0.2 0.4 0.6 0.8 1.0 

Distance ( m ) 

Fig. 4. Evaporation side temperature prediction. 

model which does not include sensible heat transfer shows 
higher temperature at each point of column. The higher tem- 

perature prediction in the model of McDowell and Davis 

causes the higher transferred molar flux in calculation. Along 
the column, the flow rate of evaporation side decreases in both 

model and the temperature increases a little. In the experiment, 

as we supply heat to the outside wall of the column constantly, 
the temperature of liquid mixture flowing down changes along 

the column. Therefore, it is necessary to consider the variation 

of the temperature of liquid mixture in the model. 
2. Predict ion o f  Compos i t ion  and Molar  Flux 

If heat supply is chosen to maintain the temperature along 
the column as the temperature of feed, above two models show 

nearly the same performances in predicting the composition 

profiles in the column. The molar flux is a function of the va- 

por compositions of each side and the molar flux affects the 
composition of condensation side. If the temperatures of each 

side in two model show little differences, following the as- 
sumption (v), two models have the nearly same vapor com- 

positions at interface of both side. And then the condensation 

side composition, molar flux, and flow rate would have little 

differences. 
In Fig. 5, the experimental data are compared with the 

values calculated with the Fullarton and Schliinder model 

[1983], which solves Maxwell-Stefan equation in isothermal 

condition, and those with the new model. In simulation results, 
the condensation side composition is represented as below. 

. Ni 
x i = - -  (23) 

Nt 

The initial temperature of feed entering the column is 40~ 
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and the gap size of two concentric walls is 6.95 mm. In 

ethanol/water system, as the prediction of the vapor-liquid 
equilibrium around the azeotropic point is not correct, it seems 

that the new model does not have any difference. In IPA/water 
system or TBA/water system, however, the new model simu- 

lates well the experimental data in comparison with only sol- 
ving the Maxwell-Stefan equation. 

The selectivity can be defined as the differences of con- 

centrations between evaporation and condensation side. Be- 

cause the condensation side composition is determined from 
the mass transfer of evaporation side, the evaporation side com- 

position affects on the selectivity. Fig. 6 compares the ex- 

perimental selectivity data with simulation results for the gap 

size of 5.35 ram. This process is based on both vapor-liquid 
equilibrium and the diffusivities of each componen~:s in the in- 

ert gas. Though vapor phase is ethanol rich phase below the 
azeotropic point, the water diffuses faster and there exists ne- 

gative selectivity value. 

Selectivity is. the distance from the diagonal line', in Fig. 5. 

Simulation data with different feed temperatures at the azeo- 

Table 2. Selectivities with different feed temperatures 

Feed temperature (~ S,~ S,~ 

30 0.0482 0.0323 
40 0.0500 0.0372 
50 0.0466 0.0368 
67 0.0350 0.0219 

0.925 
�9 3.65 mm / 

- � 9  5.35 mm J  000,9m F 
"~ 0.875 

~ 0.850 / /  

0.825 

I 

0.800 ' ~ . . . .  i _ _  

0.800 0.825 0.850 0.875 0.900 0.925 

Evaporation side composition Ii EtOH ) 

Fig. 7. Gap size effects on separation. 

tropic point are shown in Table 2. Maximum selectivity is ob- 
tained at 40~ 

Fig. 7 shows the gap size effects. According to the ex- 
perimental data [Chung et al., 1994], the gap size has an in- 

fluence only on total flux. Measured experimental value can be 

affected by free convection and shear stress at falling film 
[Fullarton and Schliinder, 1983]. At feed temperature 30~ 

simulation results show that selectivity increases a little with de- 

creasing gap of both walls. A reason for the different selec- 
tivity obtained in simulations are due to interfacial temperature 

prediction namely evaporating condition, if we do not consider 

the energy balances, then there would be no difference in selec- 
tivity. Because selectivity is determined only by the molecular 

diffusion which obtained in Eq. (1). But the temperature and 
composition along the column will be same .at all position. 

Not only selectivity but also total flux influences the separa- 

tion. From the condensate flow rate data, we can calculate total 
flux. The transfer area of wetted wall is calculated using log- 
arithmic-mean diameter. 

Since vapor pressures and diffusivities increase with tem- 

peratures, the total flux increases also with I:emperatures. Fig. 8 

shows the temperature effect on total molar fluxes at azeotropic 

composition and Fig. 9 represents the composition effect. The 
annular gaps are 6.95 and 5.35 mm in each case. 

The difference between mass transfer prediction and meas- 
urement might be due to the difference in temperature between 

the simulation and the experiment. The experimental tem- 
perature was measured at the outer wall of the tube thus the 

temperature of the fluid flowing the column is lower than that 

of the introduced mixture. The other factor for discrepancy 
may be arisen by the convection. The inert gas introduced can 

cause convection in the perpendicular direction with diffusion 
path and then the flux will be decreased. 
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Not only selectivity but also mass transfer is affected by eva- 

poration side composition. The value of total flux has a max- 
imum point at a specific composition in molar bases. In ad- 

dition, the heat required to evaporate the mixture has the sim- 

ilar trends as shown in Fig. 9. As ethanol concentration is high- 
er, the total mass flux will be higher. But in ethanol rich con- 

centration there is a interval which selectivity does not change. 

Though flux in mass base increases, the total molar flux de- 
creases. The total flux is determined by the evaporation rate 

and the diffusion rate. Those two rates govern the mass transf- 
er. As for ethanol, the evaporating rate is faster but the dif- 

fusion rate is lower than water. 
Differential mass balance accounts for composition change 

along the column. Fig. 10 represents change in evaporation 

side composition along the column for 40~ and 6.95 mm gap 

size. As feed flow rate decreases, enrichment of ethanol in- 

creases. 

C O N C L U S I O N  

The diffusion distillation can separate the azeotropic mixture 
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Fig. 10. Evaporation side composition change with various feed 
flow rates. 

of ethanol and water. As demonstrated, diffusion distillation 

process can be described by the differential mass and heat bal- 

ances. The temperatures at the interface of both side are cal- 
culated using modified heat transfer balance and algorithm 

which including one more iterative loop. The sensible heat 

transfer in heat flux is important in case of  low temperature of 

evaporation side but the value can be insignificant when the 
mass transfers are high. The evaporation side composition ef- 

fects on the value of total fluxes and selectivities. Because 

ethanol and water have a different diffusion and evaporation 
rate, the mixture has a maximum point in mass transfer and 

has a sign change in selectivity. The heat required to evaporate 
the mixture also has a maximum. Simulation results are in ac- 

cord with experimental data. Heat balances which include sen- 
sible heat transfer make more realistic boundary layer con- 

ditions to determine the total flux and compositions. 

N O M E N C L A T U R E  

A :transfer area [m] 
[B] : reciprocal o /b inary  mass transfer coefficient matrix 

c : mixture molar density [mol/m 3] 

Cp :heat capacity [J/(kmol ~ 
d, : inner tube diameter [m] 

do : outer tube diameter [m] 
d ~  : log-mean diameter [m] 

D : diffusivity [m2/s] 
h : heat transfer coefficient [W/(m2~ 

H : length of tube [m] 
H~ : heat of vaporization [J/kmol] 
[1] : identity matrix 

J : molar diffusion flux [kmol/m2s] 

k : mass transfer coefficient 
L : perimeter flow rate [kmol/(m s)] 

N : molar flux [kmol/(m2s)] 

Q :heat flux [W/m 2] 

S : selectivity 

T : temperature [~ 
x : liquid mole fraction 
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y : vapor mole fraction 
z : distance along the diffusion path in Eq. (4) vertical dis- 

tance [m] 

G r e e k  Letters 
8 : film thickness 
8~ : Kronecker delta 
[]3] :bootstrap matrix 
[~] : dimensionless rate factor 
r I : dimensionless distance 
0 : dimensionless heat transfer rate factor 

Subscr ipts  

b : bulk phase 
c : coolant 
exp : experimental 
G : gas phase 
i or k : component i or component k 
I : interface 
L : liquid phase 
sim : simulation 
t : total 

Superscr ipts  

: evaporation side 
" : condensation side 
* : finite mass transfer 
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